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Storing renewable electricity in a natural gas grid is a new approach for seasonal storage.
Using the existing natural gas infrastructure, a chemical energy source (methane) is stored
efficiently, distributed and made available for use as required. Thus, the main step in the
storage process is CO methanation. Modelling of an isothermal methanation catalytic
reactor based on a kinetic scheme was carried out with Aspen plus™ software in a

Keywords: ' temperature range between 520 and 600 K and a H,/CO molar ratio of 3, in the presence of
EAO g’lethanat‘O“ CO, and steam. The model was validated by comparing simulation results with
odelling

experimental ones. The maximum relative error is 10.87%. The effects of temperature,
pressure and CO, addition in feed gas (syngas) on CO conversion and the outlet gas
composition were carefully investigated.

Fixed bed reactor
Synthetic natural gas

Aspen plus s Y - X .
© 2014 Académie des sciences. Published by Elsevier Masson SAS. All rights reserved.
RESUME
Mots clés : Le stockage de I'énergie renouvelable sous forme de gaz naturel est un nouveau concept

Méthanation de CO
Modélisation

Réacteur a lit fixe

Gaz naturel de synthése
Aspen plus

pour le stockage saisonnier. La principale étape dans ce processus est la méthanation du
CO. Dans ce travail, un réacteur isotherme a lit fixe de méthanation a été modélisé sous
Aspen plus™ en intégrant les expressions cinétiques pour chaque réaction mise en jeu
dans un intervalle de température compris entre 520 et 600 K, avec un rapport molaire H,/
CO de 3 en présence de CO, et de vapeur d'eau. Le modéle a été ensuite validé en
comparant les résultats de la simulation avec les données expérimentales. L’erreur relative
maximale est de 10,87 %. Une étude paramétrique a ensuite été réalisée afin d'évaluer
I'influence de la température, de la pression et de la fraction molaire de CO, a I'entrée du
réacteur sur le taux de conversion de CO et la composition du gaz produit.

© 2014 Académie des sciences. Publié par Elsevier Masson SAS. Tous droits réservés.

1. Introduction

Many renewable sources of energy, such as wind power
and solar energy provide energy in a fluctuating manner.
Electrical energy storage (EES) is one of the possible
solutions [1]. EES can potentially smooth the variability in
power flow from renewable generation and store renew-
able energy in order to decrease the cost of integrating

* Thematic issue dedicated to Francois Garin.
* Corresponding author.
E-mail addresses: hanae.errbib@gmail.com (H. Er-rbib),
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renewable power in the electricity grid, increase market
penetration of renewable energy, and lead to greenhouse
gas (GHG) reduction [2].

A new approach to seasonal storage of renewable
energy is based on using excess electricity produced from a
renewable source to co-electrolyze at high temperature
(1073 K) steam and CO, into syngas via a reversible solid
oxide cell (RSOC) in solid oxide electrolysis cell (SOEC)
mode. The syngas produced (H,+CO) is fed into a
methanation reactor where it is converted into CH,4. This
gas is then injected into the natural gas network. When
high-consumption peaks appear, the RSOC is switched to
solid oxide fuel cell (SOFC) mode fed by syngas. The latter is

1631-0748/$ - see front matter © 2014 Académie des sciences. Published by Elsevier Masson SAS. All rights reserved.

http://dx.doi.org/10.1016/j.crci.2014.01.016


http://crossmark.crossref.org/dialog/?doi=10.1016/j.crci.2014.01.016&domain=pdf
http://crossmark.crossref.org/dialog/?doi=10.1016/j.crci.2014.01.016&domain=pdf
http://dx.doi.org/10.1016/j.crci.2014.01.016
mailto:hanae.errbib@gmail.com
mailto:chakib.bouallou@mines-paristech.fr
http://www.sciencedirect.com/science/journal/16310748
http://dx.doi.org/10.1016/j.crci.2014.01.016

702 H. Er-rbib, C. Bouallou/C. R. Chimie 17 (2014) 701-706

Hy/Co0 Methanation CH,
RSOC 2| Co+3H,— CH,+H,0
R
Ear— ¥
]
Gas Network

I

! Tri-Reforming I

o CH+CO,22C0+2H, e oo H
CH,+H,0 = CO+3H, —p e

CH.+1%.0,+CO+2H, | CH/H0/C0,/0,

1L,0/CO,/0,

—> Power To Gas
=== (as To Power

Fig. 1. (Color online) Diagram of the power-to-gas process.

produced by tri-reforming of methane. The diagram of this
process is described in Fig. 1 and detailed in [3].

The main conversion step in such process is methana-
tion. Production of synthetic natural gas (SNG) from carbon
monoxide and hydrogen is described by the CO methana-
tion reaction (Eq. (1)):

CO + 3H, <> CH4+H,0 AHyeg = —206.28 k]/mol 1)

Another reaction called water gas shift (WGS) occurs
simultaneously whenever active catalysts are used:

CO + H,0 > CO,+H, AH,g5 = —41.16k]/mol (2)

The heterogeneously catalyzed methanation is impor-
tant in two main applications: removal of traces of CO in
hydrogen-rich gases for the ammonia synthesis and the
conversion of syngas to methane-rich fuel [4,5]. This
reaction was performed on various catalysts: ruthenium
(Ru), rhodium (Rh), platinum (Pt), iron (Fe), nickel (Ni), and
cobalt (Co) [6]. Nickel catalyst is the most appropriate
because of its selectivity, activity, and price.

Unfortunately, the commercial deployment of technol-
ogies for the production of SNG is constrained by economic
and technical barriers. The main issue of methanation is
the strong exothermicity of the methane formation
reactions. The temperature increase may cause catalyst
sintering and possibly lead to carbon particle formation.
One pilot plant was designed by Lurgi and Sasol in
Sasolburg (South Africa) and another pilot plant was
developed by Lurgi and El Paso Natural gas Corporation in
Austria [7]. Based on the results of Lurgi and Sasol, the first
and only commercial unit has been developed in the USA
(North Dakota) in 1984, producing 1.53 billion Nm?/year
[8,9]. This process is composed of an isothermal reactor
and two adiabatic fixed bed reactors with recycling [10].

The TREMP™ process (Topsoe’s Recycle Energy-effi-
cient Methanation Process) was developed by Haldor
Topsoe’s laboratory. Due to the unique MCR-2X methana-
tion catalyst, TREMP™ can operate at high temperature,
up to 973 K. This catalyst allows reaction heat recovery in
the form of high-pressure superheated steam and low
recycle ratio to ensure energy saving [11]. CO methanation
takes place in adiabatic fixed bed reactors. The reaction
exothermicity results in a high temperature increase.

Recycling is used to control this temperature rise in the
first methanation reactor [12]. No industrial facility has
been developed because of the political problems and the
price of energy [7,13]. However, within the last five years,
the interest in substitute natural gas has become strong.
Efforts have been reinitiated in the technology, and the
knowledge gained over the years has been used to refine
the tried and tested technology and catalyst [13]. As a
result, an updated version with improved efficiencies and
lower investment cost is now being offered to the market
[14].

In Scotland, a demonstration plant (Westfield Coal
Gasification plant) was built, producing 2.46 million Nm?/h
of SNG from coal. The methanation unit composed of fixed
bed reactors with gas recycle was added to an existing
Lurgi-Rectisol purification unit [7].

A further development of the British Gas Corporation
was the HICOM process, in which shift and methanation
are combined. The syngas is passed through a series of
fixed bed reactors with recycling of reacted gas and steam
dilution [7,8].

In Germany, Linde developed an isothermal fixed bed
reactor with indirect heat exchange [15]. The reactor itself
is able to produce steam from the heat of the exothermic
methanation reaction. A part of the steam is added to the
syngas mixture to minimize the risk of carbon deposition,
before being fed into the isothermal and adiabatic
methanation reactors [7].

All processes described above use fixed bed reactors
with recycling of the cooled product gas and/or adding
steam to limit the strong exothermicity of the reaction.
Monitoring temperature increase can be ensured by
recycling of reacted gas or steam dilution, or by special
technologies, such as isothermal reactors or fluidized beds,
each one with indirect cooling by evaporating water [16-
18].

The aim of this study is to model and simulate the
syngas-to-methane process accommodated in an isother-
mal fixed bed reactor for renewable electricity storage. The
methanation reactor model incorporates the catalytic
reaction kinetics. The simulation results will be compared
with experimental data obtained on commercial Ni-based
catalysts for CO methanation reported in the literature for
the model validation. Then, a sensitivity analysis will be
carried out in order to evaluate the effect of temperature,
pressure, and CO, addition.

2. Methodology
2.1. Model implementation

The simulation model was developed using Aspen
Plus™. The used physical properties of the following
compounds are provided by Aspen Plus™: water (H,0),
carbon dioxide (CO,), methane (CH,), hydrogen (H,), and
carbon monoxide (CO).

For the thermodynamic model, the RKSMHV?2 is used.
The RKSMHV2 property method is based on the Redlich-
Kwong-Soave equation of state with modified Huron-
Vidal mixing rules. This model is used for mixtures of
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non-polar and polar compounds, in combination with
light gases [19]. All the binary interaction parameter
values needed for this model were provided by Aspen
Plus™ library.

An isothermal fixed bed reactor is modelled as an
ideal plug flow reactor (PFR). An isothermal reactor
presents many advantages over an adiabatic methana-
tion reactor: product recycling may be reduced and one
pass operation at high concentration is practical, heat
exchange duties and cooling costs are lower, avoiding
extremely high reactor exit temperatures and hot spots
prevents sintering of the catalyst, thereby preserving the
catalyst’s life and the need for internal refractory
insulation as normally used for high temperature
adiabatic methanation reactors is eliminated (this is
also a cost-saving procedure) [20].

Assumptions considered in the model are:

o the system is in steady-state conditions;

e axial heat and mass transfer are assumed to be
negligible;

o the reactor operates in isothermal conditions. As a result,
the hydrodynamic parameters of the bed, the physical
properties of components and the reaction rate constants
are considered to be constant throughout the bed;

o coke formation is neglected.

2.2. Kinetic scheme

The methanation reactor model is based on kinetics
developed by Kopyscinski et al. [21] over a commercial
catalyst Ni/Al,03 (50wt% Ni/Al,03, BET surface
area =183 m?/g) in a fixed bed reactor.

The rate equations follow the Langmuir-Hinshelwood
approach (Eq. (3)) by the assumption of the rate-
determining step (RDS) for the reaction mechanisms
proposed by Kopyscinski [7]:

kinetic term)(driving force)

R= (
adsorption term

(3)

This elementary step is considered as being the slowest
reaction step and as being responsible for the overall rate.
The assumed RDS for the methanation and water gas shift
rate equations (Egs. (5) and (6) in which pressures are
expressed in bar and temperature in K) is:

COH"+H* — —CH" +OH" (4)

All other reaction steps are regarded to be in
equilibrium or irreversible. The derivation of the rate
equations takes the surface coverage of the relevant
adsorbed species into account. The resulting rate equations
include the driving force in terms of partial pressure of the
gas phase species and the adsorption term, which
summarizes the retarding effects of the adsorbed reactants
and products.

The surface coverage of the reactants and products are
calculated for equilibrium adsorption of the considered
species; by that, the rates of adsorption and desorption are
the same. More details about the methodology and the

hypotheses used to get the kinetic rate equations are
reported in reference [7].
For the CO methanation reaction:

kK PO.SPO.S
R - 1Kclcobp, 5 (mol/kg.,, - s) )
(1+KcPES + KonPu,oPy2%)

For the WGS reaction:

PcoPY%S
k2 <K3Pc0PH20Pﬁg'5 — 732:2)
R, = 5 (mol/kg., - s) (6)
(14K P8 + KonPhyoPel®)

Rate constants (k; and k) for the above equations are
defined as a function of temperature:

74000
~RT )(mol/kgcat-s) (7)

161740
RT

Kon and K. are constants related to surface adsorption
in equilibrium, which are functions of the temperature.

ki = 3.34 x lOGexp<

k= 9.62 x 10 exp(— > (mol/bar!’kger-s) (8)

Kon = 3.97 x 107 exp <72RGT50> (bar~1/2) (9)
Kc= 8.1 x 10 %exp <%> (bar 1) (10)

K, is a combination of the adsorption constants of CO, H,,
CO, and H,0 or OH:

Ki= 9.3 x 102 exp (@>

RT

Keq is the equilibrium constant of the water gas shift
reaction:

(11)

Keq = exp (@ — 4.063>

Pre-exponential factors of the kinetic rate and adsorp-
tion coefficients as well as the corresponding activation
energies and adsorption heats were taken from [7]. The
thermodynamic equilibrium constant of WGS reaction
(Eq.(12))is given by [4]. This kinetic model is valid within a
temperature range between 473 and 673 K. Based on the
electrolysis output, the molar ratio of H, to CO is greater
than 3. Under these conditions, coke formation is lower.
The pressure drop along the PFR reactor is calculated by the
Ergun momentum balance equation (Eq. (13))

(12)

dp o (1-e) up, (1-&)ugp
a7 = 150 P 175y (13)
where:

P: the pressure (Pa)

Z: the reactor length (m)

Wg: the linear velocity of fluid phase (m/s)

M the effectiveness factor used for the intraparticle
transport limitation (-)

dp: the particle diameter (m)

p: the density of catalytic bed (kg/m?)

¢: the void fraction of the catalytic bed (-)
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In this work, the methanation reactor not only converts
syngas into methane, but it also provides the steam needed
for electrolysis and heating or for generating electricity by
using a steam turbine. This method allows increasing the
global efficiency of the electricity storage process [22]. In
addition, the use of water as a coolant helps to control the
temperature of the process gas within the desired limits [23].

3. Results and discussion
3.1. Model validation

In order to validate the proposed model, a comparison
of experimental data with the results simulated by the
present model was performed.

Fig. 2 shows the simulation results of gas concentration
profiles compared with the experimental one. This latter is
provided by Kopyscinski [7] at 633K, 0.2 MPa and Ha/
CO=5.

The predicted model results are in good agreement with
the experimental data. At 633 K, the rate of disappearance
of Hy decreases, CO is completely converted at the end of
the reactor, and the rates of formation of H,O and CH,4
increase. The concentrations of CH, and H,O at the outlet
reach almost the equilibrium concentration of 12.5 mol%
for CH4 and H,0. The concentration profiles show at first a
slight increase of CO,, which passes through a maximum
and then decreases again. The increase of CO, is due to the
water gas shift reaction. Indeed, the concentration of H,O
is less than that of CH4 when CO, increases. As soon as the
CO concentration is below 1 mol%, the CO, concentration
decreases as well. This is explained by the fact that the
conversion of CO occurs almost exclusively by hydrogena-
tion to CH4 and H,0. As the concentration of H,O increases,
the water gas shift reaction becomes important and leads
to the formation of small amounts of CO,. The dominant
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Fig. 2. Simulation results compared to experimental data at 633K,
0.2 MPa and H,/CO=5.

Table 1
Inlet gas composition and operating conditions.

Inlet gas composition (mol. %)

H, 59.89
H>0 14.81
co 20.03
CO, 527
Temperature (K) 593
Pressure (MPa) 0.4

route for CO disappearance is still methanation. When the
concentration of CO reaches a level below the equilibrium
value of the water gas shift reaction, the reverse water gas
shift occurs because there is still a high concentration of H,
present [7]. This leads to a decrease of the CO, concentra-
tion and to an increase of the H,0 concentration to a value
again equal to the CH,4 concentration at the end of the
reactor.

Based on the output of SOEC in the renewable
electricity storage process, a parametric study was
conducted to evaluate the effect of temperature, pressure
and CO, on the outlet gas composition. Table 1 shows the
inlet gas composition and the operating conditions.

3.2. Effect of temperature

As shown in Fig. 3, at 543 K, H, and CO react to produce
CH4 and H5,0. The molar fractions of H, and CO decrease
from 46% to 20% and from 15% to 5%, respectively. The
molar fractions of CH4 and H,0 are almost equal and reach
30% and 32%, respectively. The presence of equimolar
amounts of CH4 and H,O0, as well as the small amount of
CO, produced, means that the WGS reaction is negligible
below 543 K.

Although the reaction is exothermic and therefore
thermodynamically favoured at low temperatures, Fig. 3
shows that CO conversion is low below 550 K. This is due to
the fact that the catalyst used is not active enough at low
temperatures. However, at higher temperatures, CO and H,
conversions increase, which is in good agreement with the
results of Zang et al. [24].

e H 2 co e CO2  wmptm CH4 e H20
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Fig. 3. Effect of temperature on outlet gas composition at 0.4 MPa and H,/
CO=3.
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Fig. 4. Effect of pressure on outlet gas composition at 593 K and H,/
Cco=3.

From Fig. 3, it can be also observed that in a
temperature range between 563 K and 573 K, the molar
fractions of CO, and H, increase, and CO is completely
converted. The increase of CO, is mainly due to the WGS
reaction accompanied by water consumption and hydro-
gen production. Finally, it can be seen that the molar
fraction of H,O decreases when the corresponding molar
fraction of CO, reaches a maximum value of 14% at 573 K.

3.3. Effect of pressure

In the present work, the total reaction pressure varied
from 0.1 to 1.5MPa. Fig. 4 displays the pressure
dependencies of CO conversion and CH4 production in
methanation reaction at 593 K and H,/CO molar ratio of 3.
A higher pressure (above 0.4 MPa) leads to higher CO
conversion and CH4 production at the same reaction
temperature. At 0.4 MPa, the CH4 molar fraction increases
from 34% to 38%.

According to the literature [20,24,25], above 673 K, the
pressure has a major effect on catalyst deactivation. In our
study, we used an isothermal reactor at 593 K. Therefore,
working at pressures of about 0.4 MPa is acceptable.
However, in the case of an adiabatic reactor, increasing the
pressure over 1.5 MPa is needed to limit the risk of coke
deposition.

3.4. Effect of CO, addition

At the output of the co-electrolysis, there is an amount
of CO, that has not reacted, so this gas can impact the
methanation reaction. Thus, the influence of CO, on
methanation was investigated by varying the amount of
CO, in the feed gas from 0% to 13.5% in a temperature range
from 553 to 640K. Fig. 5 illustrates the evolution of CO
conversion depending on the temperature and the amount
of CO,. It can be seen that at temperatures below 570 K, CO
conversion is slightly affected by CO, addition. Also, at
higher temperatures, CO, does not retard CO conversion.
According to the literature [7,24,25], CO, does not affect
the rate of CO conversion; it has rather a positive effect due
to the reverse water gas shift, which leads to the formation
of additional CO. It can be concluded that at 593 K and a

e 0% Of CO2 7%0fCO2 === 13.5%0f CO2

1.01
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Temperature (K)

Fig. 5. CO, and temperature effect on CO conversion at 0.4 MPa and H,/
CO=3.

H,/CO molar ratio of 3, CO is completely converted and CO,
has no effect.

4. Conclusion

Producing methane from renewable energy enables bi-
directional linking of power and gas network and
represents a competitive seasonal storage option. In this
work, an isothermal fixed bed reactor of methanation is
modelled using Aspen Plus™ software to convert syngas
produced by co-electrolyzing steam and CO, into methane.
The comparison between the model results and the
experimental data indicates that the proposed model
can predict the methanation reactor performance with a
good accuracy. The effect of temperature [520-600 K],
pressure [0.1-1.5MPa], and CO, addition were investi-
gated. The results indicate that at temperatures below
540 K, the WGS reaction is negligible and CO conversion is
slightly affected by CO, addition. At 600K and higher
pressures, the maximum of CH,4 production is reached.
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